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OBJECTIVES

General Objective
-

Develop a methodology for the design and optimal operation of multicomponent distillation
columns, including heat flows in the separation stages, considering a study case.

Specific Objectives
1. Simulate by MESH equations (Mass balances, Equilibrium relationships, mole fractions Summations,
Enthalpy balances), an extractive distillation column for the production of fuel grade ethanol using
glycerol as entrainer in the programming environment GAMS (General Algebraic Modeling System),
and compare it with a simulation of the same system in Aspen Plus, in order to confirm the validity
of the mathematical model
2. Include the vector of variables that represent the energy exchange in the separation stages of the
extractive distillation column.
3. Formulate an NLP optimization problem to find the optimum operating conditions of the extractive
distillation column, considering the heat exchange at each stage.
4. Formulate the problem of the optimal design and operation of the diabatic extractive distillation
column, as an MINLP problem considering different objective functions.

iv

General Introduction
Conventional modeling of distillation is based on the assumption of adiabatic operation, where heat exchange is
carried out only at the reboiler and the condenser of the column. Nevertheless, many studies have shown that
conventional distillation is associated with very low thermal efficiency (5-20%)A.
Diabatic distillation on which heat exchange in all the stages of the column is assumed, have been studied as one
way to improve distillation low thermodynamic efficiency.
In the present work, the concept of diabatic distillation is applied to an extractive distillation system to analyze
its influence on the optimal design and operational conditions. It is accomplished by developing two papers,
which match the two chapters in the present document. The first chapter is dedicated to the fulfillment of
specific objectives 1 to 3. The second chapter is dedicated to develop specific objective 4.
More specifically, in the first chapter the influence of heat flows in the optimal operation of a distillation system
is studied. The study is made taking into account an extractive distillation system for the production of fuel
grade ethanol (computed in a previous study), and it is analyzed from two different optimization criteria, an
economic objective function and a thermodynamic one. It is found that it is possible to get a high profitable
system accomplishing a better thermodynamic efficiency, when heat flows in the column are included in the
operation of the distillation column.
In the second chapter, optimal design and operational conditions for the extractive distillation column studied in
the first chapter taking into account heat flows along the tower is achieved. This problem requires changes in
the mathematical model of the system, related with the inclusion of discrete variables for decisions (number of
stages and feed locations) and a modification in the equilibrium relationships in the stages where the liquid
molar flow is zero. Optimal design is achieved for two optimization objectives as well as for two different
entrainer molar flows, in order to study how heat flows and entrainer molar flow influence the thermodynamic
efficiency of the system. The system achieved reports economic profit value as well as better thermodynamic
efficiency that the base case studied in the first chapter.

A

Schaller M. Numerically Optimized Diabatic Distillation Columns. PhD. Thesis. Technischen Universität Chemnitz.
Chemnitz, Germany. 2007. Available at: http://nbn-resolving.de/urn:nbn:de:swb:ch1-200701134.
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Chapter 1: Analysis of the Influence of Heat Flows in
Optimal Operation of Extractive Distillation Columns
Abstract
The concept of diabatic distillation is applied into an extractive distillation system of ethanol which uses glycerol
as entrainer, in order to study how heat-flows influence the operation of such systems, using Nonlinear
Programming (NLP).The system is modeled in GAMS® with a rigorous equilibrium model using IPOPT as
nonlinear solver. Two optimization problems are proposed: An economic and a thermodynamic one, which are
applied to both adiabatic and diabatic distillation columns. Results obtained show that the most profitable
system is the economic based diabatic distillation optimization but presents considerable exergy loss when is
compared with a system with minimum exergy loss.
Keywords: Extractive distillation, optimization, exergy minimization.

1.1. Introduction
Distillation is one of the most commonly used separation system in chemical process industries1. It requires heat
supplied from a higher temperature level at the reboiler, and rejects almost an equal amount of heat in the
condenser at lower temperature levels. Therefore, it resembles a heat engine doing a separation work with
rather low thermal efficiency2. Just in the U.S, distillation of chemicals and petroleum uses about 53 percent of
the total energy used for industrial separations and is the largest energy-consuming process in industry3. Even
today, the most frequently studied energy consuming processes in the chemical industry are the separation
systems based on distillation4, due to its mentioned energy demand and very low thermal efficiency (5-20%5).
Thermal inefficiency of distillation means that it is associated with a high entropy production (i.e. exergy loss)
and hence degradation of energy.2, 6,7
One way to reduce the mentioned energy degradation is through the implementation of diabatic distillation. A
diabatic distillation column refers to a particular distillation system on which heat exchange is carried out along
the whole height of the column5,6. An illustrative comparison between adiabatic and diabatic distillation columns
is shown in Figure 1.1.
The use of diabatic distillation is translated into a reduction of entropy production (ΔSirr) in the column, because
heat exchange in each stage lowers energy degradation along the stages in the column, and decreases the heat
requirements for reboiler and condenser8. Entropy production reductions from 35% for small columns (15
stages), until 69% for bigger systems (40 stages) have been reported9.
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Figure 1.1. Adiabatic distillation column (a), diabatic distillation column (b)

Previous studies in diabatic distillation6,7,9–11 have compared the minimum entropy production (ΔSirr) of these
systems against adiabatic distillation columns, under the same operating conditions. These studies have a
limitation related with the number of components to split, because most of them focus their analysis based on
the separation of an equimolar benzene-toluene mixture. In the present work a more complex multicomponent
distillation system is studied (extractive distillation for the production of fuel grade ethanol using glycerol as
entrainer12), and thermodynamic efficiency of the system is defined in terms of exergy loss.13
Although entropy production is a measure of energy inefficiency, it is difficult to relate it to the quantity of
energy wasted because it does not have the same units of energy (S=[Energy/Temperature]). A more useful
measure of process inefficiency can be derived by combining energy and entropy balances of the system to
obtain a combined statement of first and second laws of thermodynamics, known as availability or exergy
balance, where the term availability means “available for complete conversion to work”14. In the case of
distillation, the energy must be available for doing a separation work15.
Exergy, like entropy, is not conserved in a real irreversible process, and the resulting non conservative term is
known as Lost Work (LW) or exergy loss which is always a positive quantity13, because it is destroyed whenever
an irreversible process occurs16. The exergy analysis determines the thermodynamic efficiency of a system,
gives information about the supplied heat conversion into separation work and identifies the energy waste
2

through the exergy loss4. As exergy value increases, greater is the energy inefficiency of the system. In the lower
limit, where a reversible process is in the proximity, exergy loss tends to zero.14
Computing thermodynamic efficiency of distillation columns in terms of exergy losses17, optimal location for an
intermediate reboiler or condenser18, or an arrangement of both19 have been studied in order to find maximum
thermodynamic efficiency for binary distillation columns.
Continuing with exergy based analysis, Soares Pinto el al.20 proposed a methodology which includes the
introduction of a minimum driving force, defined in terms of exergy loss distribution of the distillation column,
to set feasible targets for side exchangers in real columns. In addition the methodology also provides
information about the best location to place a side exchanger, and the required additional column
modifications.
Table 1.1 shows a summary of the research related to diabatic distillation columns.
Table 1.1. Previous research works on diabatic distillation systems

Year

Author

1998

Agrawal and
Herron18

Mixture to be
separated

Objective

1998

Agrawal and
Herron19

Ideal binary
mixture AB is
distilled to
produce pure A
and pure B

2000

Rivero, R21

Water -Ethanol

Minimum exergy
losses

2001
2004
2004
2007

Schaller, et al.5,22
De Koejier, et al.6
Jimenez et al.9
Shu, et al.11
Spasojevic’, et
al.7

Equimolar mixture
Benzene Toluene

Entropy
minimization

Multicomponent
non-ideal mixture
(Ethanol-waterGlycerol)

Economic
and
thermodynamic
objectives
are
compared

2010

2013

This research

Maximum
thermodynamic
efficiency

System configuration, and analysis
Intermediate reboiler or condenser. The effect of an
intermediate
reboiler
or
condenser
on
thermodynamic efficiency of the system is studied.
Intermediate reboiler and condenser arrangement.
Optimal location to add or remove heat from an
intermediate location of the distillation system is
analyzed.
Adiabatic rectification and stripping column, studied
separately. Location of maximum exergy losses.
Ponchon Savarit method is used for energy
balances. Simulation in Aspen Plus.
Distillation column with sequential heat exchangers.
Optimal temperature profiles6,11, heat exchange
area per stage6, temperature and heat flows of heat
exchangers utilities9, have been computed.
Application to multicomponent systems is
mentioned.7
Distillation
column
with
an
independent
heater/cooler at each stage when heat load is
required. Analyze the way on which the distillation
column achieves the minimum energy degradation
(exergy loss).

As shown in Table 1.1, previous research on diabatic distillation columns have studied binary distillation
systems. In contrast, the present work implements the concept of diabatic distillation on an extractive
distillation system, using a rigorous equilibrium model. Furthermore the goal of the analysis is to find the
influence of heat flows along the multicomponent distillation column in the operational conditions of the system
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via optimization –using GAMS-, taking into account two objective functions: An economic and a thermodynamic
one in terms of exergy loss.

1.2. Extractive distillation: Case Study
The influence of heat flows in multicomponent distillation columns is analyzed from the extractive distillation
column for the production of fuel grade ethanol using glycerol as entrainer12, proposed by García-Herreros et al.
The extractive distillation system is made up by two distillation columns: the first one for the extractive
distillation process and the other one for entrainer regeneration. The mixture to be separated and an entrainer
are fed into the first column to obtain a distillate with high ethanol purity. The second column regenerates the
entrainer that can be reused in the extractive distillation column.23
The separation of the ethanol-water azeotropic mixture using glycerol as entrainer is carried out in a extractive
distillation column that operates at atmospheric pressure (101.325 kPa); this column produces, as distillate,
ethanol with purity over 99.5 mol %. The water-glycerol mixture obtained as bottoms product from the
extractive column is fed into the regeneration column. The regeneration column produces water as distillate and
regenerated glycerol as bottoms12.The present work is focused on the extractive distillation column that stands
for a multicomponent separation system. The diagram of the process is shown in Figure 1.2.

Figure 1.2. Extractive distillation of fuel ethanol, using glycerol as entrainer

The extractive distillation column has a total of 19 stages distributed in 17 equilibrium stages, a total condenser
and a partial reboiler. The column is fed with 52 kmol/h of glycerol on stage 3 at 305k and with 100 kmol/h of
azeotropic mixture (ethanol: 85%mol) on stage 12 at 351K (saturation temperature), both streams at
atmospheric pressure.12
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1.3. Model of diabatic extractive distillation
The assumptions taken into account on this research in order to develop a model for the aforementioned
distillation column are the following:









Stage dimensions are not taken into account.
Heat exchange at each separation stage is taken into account.
Murphee efficiency is assumed constant and equals to 1.
Mixing effect at each stage is not taken into account.
Vapor phase is considered as an ideal gas.
The NRTL model represents the behavior of the liquid phase.
Residual properties are negligible.
There is not pressure drop in the column.

The process is modeled as a series of counter-current separation stages. At each stage (j), entering and leaving
liquid (Lj-1, Lj) and vapor (Vj+1, Vj) flows get in contact in order to reach thermodynamic equilibrium as shown in
Figure 1.3. The model uses the MESH equations, which refers to24:





M: material balances.
E: equilibrium relationships (to model the assumption that the streams leaving the stage are in
equilibrium with each other)
S: Mole fraction summation equations
H: heat or enthalpy balances

𝐿𝑗 −1
𝑥𝑖,𝑗 −1

𝑉𝑗
𝑦𝑖,𝑗

𝐿𝑗
𝑥𝑖,𝑗

𝑉𝑗 +1

𝐹𝑗𝑖
𝐹
𝑥𝑖,𝑗

𝑦𝑖,𝑗 +1

Figure 1.3. Scheme of an equilibrium stage, for modeling diabatic extractive distillation column

5

The model requires the calculation of enthalpies for the liquid and vapor phases, and equilibrium constants. It is
also necessary to compute entropies for liquid and vapor streams to determine the exergy of the streams
entering and leaving each stage, and calculate the value of exergy loss along the column.
The model considers for each stage the following variables: Vapor and liquid molar flows, (Vj) and (Lj)
respectively, liquid and vapor mole fractions (xj) and (yj) respectively, and temperature (Tj). Additionally the
condenser heat duty (Q1) is consider as model variable.
For the conventional distillation with total condenser, specified operating pressure and feed conditions, there
are two degrees of freedom in the MESH model. In order to specify the distillation model, reflux ratio (RR) and
reboiler heat duty (Qnt) of the column are considered as operating variables12 in this research. For diabatic
distillation, for each stage, it is necessary to add a couple of additional variables
and
which denote
heat exchanged (entering or leaving) at each stage. It represents two additional degrees of freedom per stage.
In order to model heat exchange at each stage, it is assumed that a series of band heaters -as used to heat
liquids flowing through pipes25- can be clamped to the column (one per stage). This assumption is done in order
to compute
and
as well as side heat exchanger temperature per stage. The calculation of the
aforementioned variables is necessary to compute exergy losses per stage, as it will be seen on the next section.

1.3.1.

Mathematical model for diabatic distillation column

For the equations in Appendix A (MESH equations for the column elements) and in further sections, the
following notation is taken into account:
{
} the corresponding index in the set
Let nc denote the number of components in the system and
{
} the corresponding
of components. Let n denote the total number of stages in the column and
{ }
{ }
index set of the stages. The subsets
denote the condenser (stage 1) and the
{
reboiler (stage nt), respectively. Additionally, let
− }
denote the subset of stages between
the condenser and the reboiler.
Appendix A, shows the detailed model of the diabatic distillation column, the considerations for heat exchange
at condenser and reboiler and the equations that describe heat exchange per stage.

1.4.Formulation of the optimization problem
The analysis of the influence of heat flows in the operation of multicomponent distillation is made out from two
different criteria: economic and thermodynamic. The purpose of this comparative analysis is to determine the
level of the degradation of the energy (exergy loss).
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1.4.1.

Economic criterion

The proposed economic objective function (O.F) is based on the maximization of the net profit (P) for selling
distillate product (D) at distillate cost (CD), taking into account the energetic cost of boiling (CB) and condensing
(CC).
The economic objective function is defined as follows:
− (∑

𝑥

)

∑

With:
= 2.2*10-3 [$/MJ]12,26, using high pressure vapor for heating
= 2.125*10-4 [$/MJ]12, using water at 14°C for cooling.
The proposed optimization problem was carried out for both adiabatic and diabatic distillation columns. For the
∑
case of adiabatic distillation column, the terms ∑
represent reboiler and condenser heat
duties respectively. Terms of capital cost were not taken into account.

1.4.2.

Thermodynamic criterion

As mentioned in section 1, some research on diabatic distillation have focused its interest on the determination
of optimal temperature profiles along the column6,11, heat exchange area per stage6, as well as temperature and
heat flows of heat exchangers utilities9, based on a minimization of entropy production.
Nevertheless, computing entropy production of the system does not give enough information about how much
energy is not being effectively used14,27,28. In this work, an analysis based on the exergy loss of the system is
made, considering that exergy loss allows determining how much energy is not being transformed into work of
separation.
For the mentioned analysis, it is necessary to define the exergy loss of each separation stage in the column in
order to compute the total exergy loss of the system as the summation of the exergy loss of the column stages,
including reboiler and condenser. The exergy loss for a stage is defined as follows20:
( −
Where

)

𝑥

− 𝑥

represents the heat load at stage j (

𝑗
),

is the side heat exchanger temperature

(temperature of condenser and reboiler utilities in the case of COND and REB), 𝑥
streams entering to stage j ( 𝑥
( 𝑥

𝑥 ), and 𝑥

𝑥

𝑥 ), 𝑥

the exergy of the

is the exergy of the streams leaving to stage j

is the exergy loss of the stage due irreversibilities of the stage.

The exergy of a stream is given by its enthalpy and entropy as:
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𝑥
Where

−

𝑗

is the reference temperature, set on 298K.

With all the required terms for exergy balance defined, the objective function is defined as the minimization of
the exergy losses along the length of the column, as follows:
𝑖

∑ 𝑥

The main objective of the comparison of the results for the aforementioned optimizations, is to rate the waste
of energy that the economic based distillation column presents, and to compute where the degradation is
located in the system. In other words, the analysis allows measuring the impact29 and sustainability of the
system. We refers to sustainability because exergy methods can be used to improve it30.

1.5. Solution Strategy
The proposed optimizations are based on the rigorous MESH model, which represent a set of algebraic
equations as equality constraints. Mentioned set contains equations for computing enthalpies and entropies31,
as well as equalities to determine equilibrium constants which are function of activity coefficients computed
using the NRTL model32. The proposed model is consequently very non-linear and non-convex, non-linear
programming problem (NLP).
The optimization problems were modeled in GAMS 23.8 on a quad core Intel i5 2.7 GHz CPU with 8 GB of RAM,
using IPOPT (Interior Point Optimizer)33 as the NLP solution algorithm. IPOPT uses a primal-dual interior-point
algorithm with a filter line-search method33, and is part of the open source COIN-OR (Computational
Infrastructure for Operations Research) project34. IPOPT reports advantages for the solution of large-scale NLP
problems and has shown to converge faster than other NLP algorithms33,34.

1.6.Results and analysis
Economic and thermodynamic optimizations were run for adiabatic and diabatic extractive distillation columns
and the comparative results are shown below.

1.6.1.

Economic criterion

Table 1.2 summarizes results for the adiabatic and diabatic extractive distillation columns, taking into account
the economic objective function.
The optimal distillate flow rate of the present optimization (85.427kmol/h), is assumed as the minimum distillate
rate for the thermodynamic analysis, in order to study the same separation system under different assumptions
of operating conditions (adiabatic and diabatic), taking into account the aforementioned objective functions. It
allows studying the influence of a system operating under economic criterion regarding the exergy loss of the
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system. Besides, it ensures the economic feasibility of the system, because system profit depends mainly on the
distillate flow rate.
Table 1.2. Results for economic optimization

Variable

Adiabatic
Column

Diabatic
Column

O.F. [U$/h]

2543.309

2549.409

RR

0.948

0.136

D [kmol/h]
Ethanol purity on D
[mol/mol]

85.427

85.427

0.995

0.995

8.239
6.485

4.651
3.783

In Table 1.3, the value of required energy flows along the diabatic distillation column are shown.

Table 1.3. Required energy flows for diabatic distillation column, economic objective

Required heat flows for economic objective
,Diabatic column
Stage
2
3

4.887E-4
0.173

Stage
11
12

0.018
1.041

It is interesting to see how energy flows are located on the feed stages (3 and 12) and its surroundings, which
may suppose some differences on the energy consumption of the analyzed systems. However, if total energy
consumption (

(

)−(

)) is calculated for both adiabatic and diabatic systems, it

is found that it is exactly the same (1.754GJ/h), which means that the system complies with the first law of
thermodynamics. The distillation systems are using the same amount of energy, but it is being used in different
ways, i.e. different locations along the column.
Analyzing the results presented in Table 1.2 and Table 1.3, a similar objective function value was found for
diabatic and adiabatic distillation column, as well as the same energy consumption for both systems.
Nevertheless, it is important to remark that no difference between costs of heating at reboiler or stages, as well
as for cooling at condenser and stages, was assumed (section 1.4.1). This assumption has an important influence
in the economic optimization results, because it implies that there is no economic difference between the
energy used at condenser/reboiler and at the stages. Nevertheless aforementioned costs do not affect results
for thermodynamic optimizations, where analysis of the present work is focused.
Therefore, attained results for economic optimization do not give enough information about the real influence
of heat flows through the length of the column in the operation of the distillation system. In this way an
9

additional thermodynamic analysis is required in order to find more relevant information about the use of
energy in this particular separation system.

1.6.2.

Thermodynamic criterion

The main objective of the thermodynamic analysis of the system is to evaluate whether adiabatic or diabatic
distillation system has lower total exergy losses, which represent a more efficient use of energy into the system.
Additionally the analysis estimates how much energy is wasted with the optimal configuration achieved for the
economic optimization, in contrast with the system with the minimum exergy loss. For the mentioned analysis,
exergy loss profiles for adiabatic and diabatic distillation columns for the studied optimizations are depicted in
Figure 1.4.
By inspection of the profiles presented in Figure 1.4, it can be noticed that the major exergy losses for both
distillation systems and for both optimizations are located at reboiler (stage 19), condenser (stage 1) and at the
surroundings of feed stages of the extractive distillation column. Furthermore, the inclusion of heat flows diabatic operation- leads to a reduction of exergy losses for the distillation column as shown in Table 1.4.

Stage

The reported values for total exergy loss show that the most profitable system does not represent the
distillation column with the minimum energy degradation, because the minimum value of total exergy loss is
attained only when the thermodynamic objective is taking into account for diabatic distillation system.

0
1
2
3
4
5
6
7
8
9
10
11
12
13
14
15
16
17
18
19
20

Adiabatic distillation column, economic and thermodynamic objectives
Diabatic distillation column, Economic Objective
Diabatic distillation column, Thermodynamic objective

0

0.5

1
Exergy loss [GJ/h]

1.5

2

Figure 1.4. Exergy losses profiles for Adiabatic and diabatic distillation column, thermodynamic and economic objectives
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Table 1.4. Total exergy loss for studied systems, for both optimizations

Adiabatic column,
Both objectives
4.396

Total exergy loss [GJ/h]
Diabatic column,
Diabatic column,
Economic objective Thermodynamic objective
4.337
2.574

For the case of thermodynamic optimization, the assumption of diabatic operation results in a reduction of
41.456% of the total exergy loss against adiabatic operation. In the same way, total exergy loss for the diabatic
column computed for the thermodynamic optimization represents a reduction of 40.665% in contrast with the
operational conditions attached for economic optimization. Most of the reductions in exergy losses are located
at the condenser and reboiler as well as exergy loss from stages 12 to 17. Table 1.5 details the reduction in
exergy losses with the column computed by thermodynamic optimization, for the aforementioned sections of
the column.
Table 1.5. Reduction in exergy losses

Condenser
Reboiler
Stages 12 to 17
Global

Reduction in exergy losses, based on diabatic operation for thermodynamic objective
Respect to Adiabatic column, both
Respect to diabatic column, economic
objectives
objective
94.080%
89.698%
50.886%
20.861%
7.627%
50.909%
41.456%
40.665%

From Figure 1.4 profiles and Table 1.5 data, it can be seen that the configuration computed for the diabatic
column under the economic objective, presents the highest exergy losses between stages 14-17. This increase in
waste of energy is due to the inclusion of a heat flow in stage 12 (1.041 GJ/h, see Table 1.3), because when
equation 2 is analyzed, as greater is the heat load on a stage greater will be its exergy loss.
In the case of reboiler and condenser reduction of exergy loss, it is due to the decreasing of heat requirements
for both exchangers. Values of heat duties of reboiler and condenser for diabatic and adiabatic distillation
column are compared in Table 1.6.
Table 1.6. Comparison of heat duties for Adiabatic and diabatic systems

Condenser and reboiler heat duties
Distillation column
Adiabatic, both objectives
6.485
Diabatic, economic objective
3.783
Diabatic, thermodynamic objective
3.916

8.239
4.651
5.742

Furthermore when diabatic operation is taken into account, the optimal heat flows for the thermodynamic
optimization change from those computed for the economic optimization, as shown in Table 1.7.
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Table 1.7. Required energy flows for diabatic distillation column, Thermodynamic Objective

Required heat flows for thermodynamic
objective, Diabatic column
stage
2
3
4
5
6
7
8
9

1.525E-03
3.104E-02
6.032E-03
6.050E-03
6.030E-03
5.946E-03
5.699E-03
5.095E-03

10

3.789E-03

stage
11
12
13
14
15
16
17
18

1.926E-02
2.449E-01
2.563E-02
2.187E-02
1.903E-02
1.866E-02
1.893E-02
1.895E-02

It can be highlighted that when the objective function is the minimization of the exergy losses of the system,
small quantities of heat must be removed at each stage from stages 2 to 10, and in the same way small heat
duties are required from stages 11 to 18, which differs from the results of the economic one on which heat
exchange was carried out only in four stages of the column (Table 1.3).
Besides, when total energy consumption (QTotal) is calculated for the attained system, a value of 1.754 [GJ/h] is
obtained, which coincides with the one calculated for the systems under economic criterion, and confirms that
the system complies with the first law of thermodynamics.
In order to confirm economic feasibility for the diabatic system under thermodynamic optimization, net profit of
the column was computed, obtaining a net profit of 2549.340[U$/h]

1.7. Conclusions
The concept of diabatic distillation was implemented to the system of the extractive distillation of ethanol using
glycerol as entrainer, in order to analyze the influence of the inclusion of heat exchange along the height of the
distillation column for multicomponent distillation systems..
Optimization was used as main tool for the aforementioned analysis. Economic and thermodynamic
optimization objectives were compared, finding that the economic based diabatic distillation column presents
considerable exergy loss when is compared with a system with minimum exergy loss. Most of the losses are
located mainly at feed stages, condenser and reboiler. Mentioned results were computed assuming that the cost
of energy was the same for heating the reboiler and stages
, as well as for cooling the condenser and
stages
.
In spite that the aforementioned assumption of same energy cost does not correspond to a real situation, it
allows us to define a suitable state of reference from which the thermodynamic analysis results are compared,
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showing that exergy analysis is very useful in order to improve thermodynamic efficiency of the distillation
system.
Presented results highlight the importance of measuring the energy efficiency of separation systems since it is
possible to get the same net profit with a lower impact on the surroundings of the system, when an additional
analysis of exergy is made. The influence of heat flows and exergy analysis can be extrapolated to the design of
distillation systems.

1.8. Perspectives
New considerations for the design and operation of energy consuming systems may take into account the
minimum energy degradation of the system keeping the economic balance of the system. In this way, It is
important to research on the simultaneous optimal design and operation of the diabatic extractive distillation
system taking into account the thermodynamic optimization aim, and compare results with those reported in
works related with optimal economic based design. Therefore it would lead us to a better understanding of the
real influence of heat flows in multicomponent distillation systems.
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APPENDIX A
1.9.1.

A1. MESH equations for diabatic distillation column

For the implementation of the MESH model on the studied distillation system, it is divided in 3 sections as
follows:





Column stages
Condenser
Reboiler

Column stages:

Global mass balance:
𝑉

−𝑉

𝐿

−𝐿

𝐹

𝑗

Mass balance for the ith component:
𝑉
𝐹
𝑦

𝑦

−𝑉 𝑦

𝐿

𝑥

−𝐿 𝑥

𝐹

𝑖

𝑗

𝐹 𝑥 , it is only taken into account for feed stages, where liquid stream is fed.
and 𝑥

represent the molar fractions of liquid and vapor of component “i” on stage “j”

Equilibrium relationships (including condenser and reboiler):
𝑦
𝑥

Where

⇒

represents the equilibrium constant,

−

𝑖

𝑗

is the activity coefficient for the “i” component,

the

saturation pressure for the “i” component at stage “j”and P is the total pressure of the system.

Summation (including condenser and reboiler):
∑𝑦

−∑𝑥

𝑖

𝑗

Enthalpy balance:
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Taking into account the heat exchange proposed by stage for diabatic operation, the enthalpy balance can be
described as follows:
−
Where

and

the jth stage,

and



𝑉

−𝑉

𝐿

−𝐿

𝐹

𝑗

, are positive variables which represents the quantity of energy supplied or taken out from
are the molar vapor and liquid enthalpies for the jth stage, computed as follows

and

∑

𝑦

𝑖

𝑗

∑

𝑦

𝑖

𝑗

are vapor and liquid enthalpies for the ith component at the jth stage

Condenser:

Mass balance:
Condenser is assumed as the first stage of the column, so it is fed for the vapor stream leaving stage two.
For the condenser, balances are a function of reflux ratio RR, defined:
⇒
𝑉
𝑉

𝑗

−𝐿 −

−𝐿 (

𝑗

⁄

)

𝑗

Mass balance for ith component will be:
𝑉

𝑦

⁄

−𝐿 (

)𝑥

𝑖

𝑗

Equilibrium relationships and summations for reboiler and condenser are the same defined for column stage in
equations A3 and A4.
Enthalpy balance:
𝑉

⁄

−𝐿 (

)

−

𝑗

The main inequality constraint of the model refers to the ethanol purity on distillate, as follows:
𝑥

𝑖

𝑗
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Reboiler:

Reboiler is the last stage of the column, and returns to the column the vapor stream Vnt.
Mass balance
𝐿

−𝐿 −𝑉

𝑗

For the ith component
𝐿

𝑥

−𝐿 𝑥

−𝑉 𝑦

−𝐿

−𝑉

𝑖

𝑗

Enthalpy balance
𝐿

1.9.2.


𝑗

A2. Heat exchange considerations:

Column stage

As mention in section 3, it is assumed that a band heater can be clamped at each stage of the column. Equations
for heat transfer are based on the sketch shown in Figure A1

Figure A1. Separation stage of diabatic distillation column

One dimensional heat transfer is assumed, taking into account thermal conduction from the heater to the
column shell, and thermal convection between the water film and the stage bulk. When Qin is applied to a stage,
a temperature of side heat exchanger Thot must be calculated, and in the case when Qout is taken from the stage,
the computed temperature for the side exchanger is Tcold. Equations A16 and A17 represents the described heat
exchange model.
16

−

−

With:
L= 0.3 [m], stage height (assumed).
r3=D/2=1.010172/2 [m] , D computed using Aspen Plus35
r2= r3-0.06 [m], Column shell assumed as 0.06 [m]
r1= r3-(0.06+10-3) [m], film of liquid assumed as 10-3 [m]
h= 680 [W/(m2K)] = 2.448 x 10-3 [(GJ/hr)/(m2K)], overall heat transfer coefficient for vapor on steel36
k=16 [W/(mK)] = 0.0576 x 10-3 [(GJ/hr)/(m.K)] ,thermal conductivity for Stainless steel.37



Condenser

For modeling heat transfer on reboiler and condenser, only enthalpy balance between utility fluid and process
stream is applied.

̇

Figure A2. Condenser scheme

[

−

]
−
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Where



̇
represents the required molar flow of utility (cold water),
the enthalpy of the water stream leaving the condenser

the enthalpy cold water, and

Reboiler

Taking into account the same assumptions made for condenser, heat transfer in the reboiler is modeled as
follows.

Figure A 1. Reboiler scheme

̇

[

−

]

Where ̇
represents the required molar flow of utility (High pressure vapor),
the enthalpy of the
heating utility entering to the exchanger and
the enthalpy of the vapor stream leaving it.

18

References
1. Halvorsen IJ, Skogestad S. Energy efficient distillation. Journal of Natural Gas Science and
Engineering. 2011;3(4):571–580. doi:10.1016/j.jngse.2011.06.002.
2. Demirel Y. Thermodynamic Analysis of Separation Systems. Chemical and Biomolecular
Engineering Research and Publications. 2004;(Thermal Mechanics).
3. Sciences NA of, Engineering NA of, Council N research. Real Prospects for Energy Efficiency in The
United States. Whashington, D.C.: The National Academies Press; 2010.
4. Kencse H, Mizsey P. Methodology for the Design and Evaluation of Distillation Systems: Exergy
Analysis, Economic Features and GHG Emissions. AIChE Journal. 2010;56(7):1776.
5. Schaller M. Numerically Optimized Diabatic Distillation Columns. PhD. Thesis. Technischen
Universität
Chemnitz.
Chemnitz,
Germany.
2007.
Available
at:
http://nbnresolving.de/urn:nbn:de:swb:ch1-200701134.
6. De Koeijer G, Røsjorde A, Kjelstrup S. Distribution of Heat Exchange in Optimum Diabatic
Distillation Columns. Energy. 2004;29(12-15 SPEC. ISS.):2425–2440.
7. Spasojević MD, Janković MR, Djaković DD. A New Approach to Entropy Production Minimization
in Diabatic Distillation Column with Trays. Thermal Science. 2010;14(2):317–328.
8. Mendoza DF, Riascos CAM. Entropy Minimization in Design of Extractive Distillation System with
Internal Heat Exchangers. Chemical Engineering Transactions. 2011;25:405–410.
9. Jimenez ES, Salamom P, Rivero R, et al. Optimization of a Diabatic Distillation Column with
Sequential Heat Exchangers. Industrial and Engineering Chemistry Research. 2004;43(23):7566–7571.
10. Jimenez E, Salamon P, Rivero R, Rendon C, Hoffman K. Optimal Allocation of Heat Exchanger
Inventory in a Serial Type Diabatic Distillation-Column.; 2004.
11. Shu L, Chen L, Sun F. Performance Optimization of a Diabatic Distillation-Column by Allocating a
Sequential Heat-Exchanger Inventory. Applied Energy. 2007;84(9):893–903.
. arc a- errero P,
mez JM, i D, Rodr uez . ptimization o the De i n and peration o
an Extractive Distillation System for the Production of Fuel Grade Ethanol Using Glycerol as Entrainer.
Industrial & Engineering Chemistry Research. 2011;50(7):3977–3985.
13. Faria SHB, R.J.Zemp. Using Exergy Loss Profiles And Enthalpy-Temperature Profiles for The
Evaluation of Thermodynamic Efficiency in Distillation Columns. Engenharia Térmica (Thermal
Engineering). 2005;4(1):76–82.
14. Seader JD, Henley EJ. Separation Process Principles. 2nd ed. Wiley; 2006.

19

15. Olakunle MS, Oluyemi Z, Olawale AS, Adefila SS. Distillation Operation Modification with Exergy
Analysis. Journal of Emerging Trends in Engineering & Applied Sciences. 2011;2(1):56.
16. Dincer I, Rosen M. Exergy: energy, environment, and sustainable development. Am terdam ;
Bo ton : E evier, c 007.; 007.
17. Wei Z, Zhang B, Wu S, Chen Q, Tsatsaronis G. Energy-use analysis and evaluation of distillation
systems through avoidable exergy destruction and investment costs. Energy. 2012;42(1):424–433.
doi:10.1016/j.energy.2012.03.026.
18. Agrawal R, Herron DM. Efficient use of an intermediate reboiler or condenser in a binary
distillation. AIChE Journal. 1998;44(6):1303.
19. Agrawal R, Herron DM. Intermediate reboiler and condenser arrangement for binary distillation
columns. AIChE Journal. 1998;44(6):1316.
20. Soares Pinto F, Zemp R, Jobson M, Smith R. Thermodynamic Optimisation of Distillation Columns.
Chemical Engineering Science. 2011;66(13):2920–2934.
21. Rivero R. Exergy Simulation and Optimization of Adiabatic and Diabatic Binary Distillation.
Energy. 2001;26(6):561–593. doi:10.1016/S0360-5442(01)00020-2.
22. Schaller M, Hoffmann KH, Siragusa G, Salamon P, Andresen B. Numerically Optimized
Performance of Diabatic Distillation Columns. Computers &amp; Chemical Engineering. 2001;25(1112):1537–1548.
23. Lei Z, Li C, Chen B. Extractive Distillation: A Review. Separation & Purification Reviews.
2003;32(2):121–213.
24. Taylor R, Krishna R, Kooijman H. Real World Modeling of Distillation. Chemical Engineering
Progress. 2003.
25. Chen XD, Ai GM, Duffy GG. Rules-of-thumb of implementing short electric band heaters (length to
diameter ratio <1.5) for external heating of pipe flows. Erfahrungsregeln für die Ausführung von kurzen
elektrischen Bandheizungen (Länge-Durchmesser-Verhältnis <1,5) zur äußeren Beheizung von
Rohrleitungen. 2003;(2):133.
26. AspenTech. Aspen Energy Analyzer. Cambridge, MA, USA: AspenTechnology, Inc.; 2010.
27. Tsatsaronis G. Thermoeconomic analysis and optimization of energy systems. Progress in Energy
and Combustion Science. 1993;19(3):227–257.
28. Araújo ACB, Braskem, Maceió B, Vasconcelos LGS. Exergetic and economic analysis of an
industrial distillation column. Braz. J. Chem. Eng. 2007;24(3):461–469.
29. Rosen MA, Dincer I, Kanoglu M. Role of exergy in increasing efficiency and sustainability and
reducing environmental impact. Energy Policy. 2008;36(1):128–137. doi:10.1016/j.enpol.2007.09.006.

20

30. L. Stougie, H.J van der Kooi. The Relation Between Exergy and Sustainability According to
Literature. In: Nisyros, Greece; 2011:590–597.
31. Aspen Technology. Aspen Physical Property System - Physical Property Methods.; 2010.
32. Renon H, Prausnitz JM. Local Compositions in Thermodynamic Excess Functions for Liquid
Mixtures. AIChE Journal. 1968;14(1):135–144.
33. Wächter A, Biegler LT. On the Implementation of an Interior-Point Filter Line-Search Algorithm for
Large-Scale Nonlinear Programming. Mathematical Programming. 2005;106(1):25–57.
34. Biegler LT. Nonlinear Programming: Concepts, Algorithms, and Applications to Chemical
Processes. SIAM-Society for Industrial and Applied Mathematics; 2010.
35. AspenTech. Aspen PLus. Cambridge, MA, USA: Aspen Technology, Inc.; 2010.
36. The Engineering ToolBox. Overall Heat Transfer Coefficients for Some Common Fluids and Heat
Exchanger Surfaces. 2012. Available at: http://www.engineeringtoolbox.com/overall-heat-transfercoefficients-d_284.html.
37. The Engineering ToolBox. Thermal Conductivity of Some Common Materials and Gases. 2012.
Available at: http://www.engineeringtoolbox.com/thermal-conductivity-d_429.html.

21

2.

Chapter 2: Influence of Heat Flows in Simultaneous
Optimal Design and Operation of an Extractive Distillation
System for the Production of Fuel Grade Ethanol
Abstract
A MINLP (Mixed Integer Non-Linear Program) Model for finding the optimal locations for the feeds, number of
stages as well as heat flows required for a diabatic extractive distillation system for the production of fuel grade
ethanol, is presented. The system is modeled in GAMS® with a rigorous equilibrium model, using Simple Branch
& Bound (SBB) as MINLP solver and IPOPT as nonlinear root-solver and sub-solver. A modification of the vapor
liquid equilibrium based on mathematical programming with complementary conditions (MPCC), is used to
avoid singularity and numerical difficulties for convergence of the proposed model. Optimal design is computed
taking into account an economic and economic-exergetic objective functions for two different entrainer molar
feed flows. It was found that the entrainer molar flow is a key factor in the design of an extractive distillation
system with minimum exergy losses.
Keywords: Diabatic extractive distillation columns design, MINLP optimization, exergy minimization.

2.1. Introduction
Conventional design of distillation columns is based on the concept of adiabatic distillation, which refers to a
distillation system with two heat exchangers located at the top (condenser) and bottoms (reboiler) of the
column. Nevertheless conventional distillation is associated with a very low thermal efficiency (5-20%1) , a high
entropy production (i.e. exergy loss) and hence degradation of energy2–4.
Some studies have shown that the implementation of diabatic distillation (on which heat exchange is carried out
along the whole height of the column1,3), can significantly reduce the mentioned degradation of energy1,3–7,
because heat exchange at each stage lowers energy degradation along the stages in the column, and decreases
the heat requirements for reboiler and condenser1,8
There are some studies related to the optimization of the operational conditions of diabatic distillation columns
taking into account different objectives such as, minimum exergy losses9 and entropy minimization1,4–5,7,8,12.
Nevertheless none of them deals with the problem of the optimal design and operation of these particular
systems.
Just until 2004, Koeijer et al. 3 gives a first approximation (scheme) to the design of diabatic distillation system.
Based on Fonyo11 and Rivero12 drawings and their results, they sketched a diabatic distillation column with
minimum entropy production rate. The proposed scheme is shown in Figure 2.1. This study has some limitations
related to the number of components (an equimolar benzene/toluene flow to split, is analyzed) and the
qualitative proposed design.
22

A more detailed approximation was made by Mendoza and Riascos13, who proposed a multilevel strategy. They
solve an optimal adiabatic design in the first level, and determine the optimal heat load distribution for
sequential heat exchanger in the second one, with a minimum entropy production. The study was made for a
more complex system -ethanol dehydration by extractive distillation with glycerol-.

Figure 2.1. Scheme of an diabatic distillation column. Koeijer et al.3

Similar to the aforementioned study, is the analysis presented by Nova-Rincon et al.14, on which the concept of
diabatic distillation was applied to an optimal extractive distillation system for the production of fuel grade
ethanol using glycerol as entrainer (studied earlier by García-Herreros et al.15), in order to analyze the operating
variables of the system taking into account an economic and a thermodynamic (minimum exergy loss) objective
functions. It was found that the most profitable system is the economic based diabatic distillation optimization,
but presents considerable exergy loss when is compared with a system with minimum exergy loss.
In the present work a MINLP formulation is used to find the optimal design and operation of a diabatic extractive
distillation column, with a simultaneous strategy. The optimal design and operation of the mentioned column is
computed taking into account a multiobjective optimization function which includes an economic and a
thermodynamic term. To our knowledge, studies in simultaneous optimal design and operation of extractive
distillation systems taking diabatic operation into account have not been addressed so far.

2.2. The MINLP formulation
The simultaneous optimization of the design and operation of a distillation column involves the selection of the
configuration and the operating conditions to accomplish a given objective function (i.e. Maximize profit,
minimize exergy losses). In the MINLP problem, the discrete decision variables are related to the calculation of
number of stages and feed and products locations, and the continuous variables are related to the operating
conditions and energy usage involved in the separation.15, 16
The most common form of MINLP problems is the special case in which discrete variables (y) are linear, while
the continuous variables (x) are nonlinear:17

23

𝑦
𝑥
𝑥

𝑦
𝑥

𝑦

𝑥
(1)
{

}

Different representations arise from this formulation according to the way the discrete variables are modeled. In
a first representation Viswanathan18 uses a binary variable to define the existence (1) or absence(0) of a
separation stage. In other formulations, the binary variables are used to state the location of reflux , reboil
stream or both, as is proposed by Viswanathan19, Bauer20 and Aguirre21.
In the present work, a modification of the MINLP model proposed by Viswanathan and Grossmann 22 is used in
order to compute the total number of stages, feed locations, required heat flows and operational conditions for
the diabatic extractive distillation column for the production of fuel grade ethanol using glycerol as entrainer
(Detailed specifications of the column are in section 2 of the previous chapter14). This model considers binary
variables associated with the selection of a tray for the location of reflux and each feed stream.

2.2.1. Mathematical model for finding the optimal number of stages and feeds
locations
For complete understanding of the model, it is necessary to define its notation: Let nt denote the total number
{
} the corresponding index set of the stages. The subsets
of stages in the column and
{ }
{ }
denote the condenser (stage 1) and the reboiler (stage nt), respectively. Additionally, let
{
− }
denote the subset of stages between the condenser and the reboiler and
{
} the set of feeds (glycerol and azeotropic mixture) entering to the distillation column. For the estimation
of the total number of stages, it was assumed that the distillation column has a maximum of 55 separation
stages (nt=55), and the model will compute where the feeds are located and how many of the initial stages
really exist.
The formulation for the design of the distillation column considers solving two situations related to discrete
decisions. For the first one, the entering location of the reboil stream is fixed (stage nt-1) and the problem is to
find stage on which reflux stream 𝐹 is fed to the distillation column. Therefore all stages above the stage
selected for reflux are non-existing stages where vapor stream is bypassed and no liquid flow is going
downwards through them. The second situation is related to the location of feed streams along the distillation
column. The complete formulation is detailed as follows:
𝑗

Let

, denote the amount of reflux flow rate (𝐹 ) entering at tray j and

associated with reflux location. In this way, if
𝑗

the amount of feed (𝐹

𝑗

, be the binary variable

, all the reflux is entering at stage j. In the other hand, let
) entering to tray j and

𝑗

associated with the selection of tray j for the location of feed 𝐹 . In this case when

be the binary variable
all feed 𝐹 is entering

at stage j. A graphic idea of the applied methodology for optimal design is shown in Figure 2.2. The constraints
related to the feeds locations are:
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𝐹

𝑗

∑
Constraints related to the reflux location take into account the reflux ratio (RR) and distillate molar flow rate (D),
as follows:

∑

Figure 2.2. Scheme and notation for optimal design of the diabatic extractive distillation column

One known condition about feeds locations in the column, is the fact that for extractive distillation, the solvent
is introduced into a distillation column above the entry point of the feed mixture which is to be separated23.
Therefore for the present case study, glycerol must be fed above the azeotropic mixture. This can be modeled
by imposing a logical condition as shown below:
−∑

𝑗
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In the same way, reflux must be fed to the column above the feeds. It is imposed by:
−∑

𝑗

It is not necessary to define the constraint (7) for the azeotropic mixture feed, because constraint (6) states that
it must be located bellow the feed of glycerol.
Taking into account the same nomenclature and equations of the Appendix A of the previous chapter14, some
changes in the mass and energy balances are required in order to define the MINLP model, as follows:

Mass balances for the equilibrium stages become to:
𝑉

𝑉

𝑦

−𝑉 𝑦

Where 𝑥

𝑥

−𝑉

𝐿

𝐿

𝑥

−𝐿

∑

−𝐿 𝑥

𝑗

, and 𝑥

𝑗

∑

𝑥

𝑥

𝑖

𝑗

are the mole fractions of the reflux and feeds streams respectively.

In the same way, the enthalpy balance is defined by:
∑

(

−

)

𝑉

−𝑉

𝐿

−𝐿
∑

Where the first term ∑

ensures that

and
𝑗

for reflux feeding, and the terms

𝑗

will only exist in actual stages below the selected one
, and

represents the liquid molar enthalpies of the

reflux and feeds streams respectively.
Due the formulation of the proposed MINLP problem, where a stream 𝐹 is leaving the condenser and can be
divided in nt-2 sub-streams
instead of a stream 𝐿 𝑗
as was assumed in the previous chapter14,
the mass and enthalpy balances of the condenser are formulated in terms of the distillate molar flow (D), as
follows:
Assumption 𝐿
𝑉

−

𝑗
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For the ith component:
𝑉

𝑦

−

𝑥

𝑖

𝑗

Enthalpy balance:
𝑉

−

−

𝑗

There are no changes or additional terms that affect the mass and enthalpy balances in the reboiler. Equations
that describe reboiler heat transfer keep the same form as in Appendix A of the previous manuscript.

2.2.1.1. Model for dry stages, using complementary conditions
Since equilibrium stages are modeled by MESH equations, vapor liquid equilibrium must be accomplished in all
stages, even in non-existing where no mass transfer takes place. This fact tends to cause singularity and
numerical difficulties for convergence because of the absence of liquid flow in the non-existing stages. To deal
with this, Gopal and Biegler24 developed an NLP formulation based on complementary conditions, on which the
loss of two phases in a flash is modeled satisfying mass and energy balances. The formulation has been tested
on benzene-toluene as well as non-ideal (UNIQUAQ) five-component system.25
MESH equations are modified by modeling the phase equilibrium as:24–26
𝑦

−
−

𝑥
−

𝑖

𝑗

𝑗

𝑉
𝐿
Where is a corrector for the jth stage, and and
are slack variables (positive) for the jth tray. Their values
are relative to the existence of the liquid phase con each stage, according to the following complementary
conditions
𝑉
𝐿
For this work, only the absence of liquid flow is modeled because the vapor stream is bypassed along the nonexisting stages. Therefore constraints (16) and (18) are not taken into account and the term is removed from
constraint (15) giving:
−

𝑗

The MINLP problem is to maximize an economic (Profit) and a multi-objective (Profit-Exergy losses) functions
subject to a set of model (MESH equations) and operational (𝑥
𝑖
𝑗
)
constraints.
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2.3. Objective functions
The analysis of the influence of heat flows in the optimal design and operation of the extractive distillation
column is made from two different criteria: Economic and Economic-Exergetic. This last criterion is proposed to
evaluate the influence of the inclusion of an exergetic term into an economic objective for the optimal design
and operation of the studied system.

2.3.1.

Economic criterion (P)

The proposed economic objective function (O.F) is based on the maximization of the annual profit (P) for selling
distillate product (D). The objective function is composed by four elements:
-

-

Value of products: Market value of the ethanol produced in one year of operation ( 𝑥 ).
Operating cost: Cost of the utilities required for the operation of the column in one year (
𝑥 ).
o An electric cost was assumed for the design of the intermediate band heaters (10.19[$/kWh]27).
o For condenser, a cost of 2.125*10-4 [$/MJ]28, using water at 14°C for cooling.
o For reboiler, the cost is 2.2*10-3 [$/MJ]15,28, using high pressure vapor for heating.
Capital cost: Cost of the column, including cost of stages, condenser and reboiler ( 𝑥 𝑦 ).
Annualizing factor: factor used to annualize the infrastructure cost in a five year depreciation period
( ).

The economic objective function is defined as follows:
𝑥

𝑥 𝑦

𝑥 −

𝑥 −

𝑥 𝑦

Capital costs were calculated in the same manner as in the supporting information of García-Herreros et al.15
and following the guidelines and price correlations available in Turton et al.29, Seider et al.30, and Doherty et al.31
These infrastructure costs are function of the total number of stages, reboiler and condenser heat duties, all
variables of the optimization problem.

2.3.2.

Economic-Exergetic criterion (EE)

In this work, an analysis based on the exergy loss of the system is made, considering that exergy loss allows
determining how much energy is not being transformed into work of separation.
For the optimal operation and design of the diabatic extractive distillation column, it is necessary to modify the
exergy balance (Equation (2) of the previous chapter14), because there is not exergy loss at non-existing stages.
Then, based on Soares Pinto et al.32 the exergy loss for a stage is defined as follows:

∑

(

( −

)

𝑥

− 𝑥

)

𝑗

Then the multi-objective -Economic-Exergetic function- is defined by:
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𝑥

𝑥 𝑦

𝑥 𝑦 −

∑ 𝑥

Where
, is a weight factor (104) which ensures economic viability of the system as well as minimization of
the total exergy losses of the distillation column. This parameter was calculated iteratively (and offline),
according to the following procedure: 1) Arbitrary parameter value was chosen and the optimization problem
was solved. 2) If the solution reports an expected value (based on optimization for economic objective function)
for some variables such as distillate molar flow and profit (and the problem converged), the parameter value
chosen was valid. Otherwise, the value was adjusted by increasing or decreasing it in an arbitrary way according
to the results obtained.

2.4. Solution Strategy
In the presented model, the operational variables of the studied system are modeled by the rigorous MESH
equations, which are very non-linear and non-convex14. In the other hand, decisions related to number of stages
and locations for feeds streams in the distillation column, were modeled using linear relationships between
some of the operational variables (i.e reflux ratio, distillate rate and molar feed flows) and a set of binary
variables related streams locations. Therefore this model leads us to a MINLP formulation.
The MINLP problems was modeled in GAMS 23.8 on a quad core Intel i5 2.7 GHz CPU with 8 GB of RAM, using
SBB (Simple Branch & Bound)33,34 as MINLP solver and IPOPT (Interior Point Optimizer)35 as NLP root-solver and
sub-solver. SBB had been developed by ARKI Consulting and Development A/S. It is available as a commercial
solver within GAMS, and implements a branch and bound algorithm using nonlinear relaxations for the
bounding step. The NLP relaxations are solved by one (or several) of the NLP solvers available with GAMS34 (i.e.
IPOPT). SBB may perform better than other MINLP solvers (i.e DICOPT) on models that have fewer discrete
variables but more difficult nonlinearities (and possibly on models that are fairly non-convex).35, 36
A combined strategy for search node was used; which is made up by Depth First Search (DFS) and Best Bound
(BB) –also known as Best First- strategies, and is included into the SBB options36. The BB strategy chooses a
node N with the largest upper bound value. This strategy tends to minimize the number of nodes evaluated and
quickly improve the upper bound. The drawbacks of BB includes high memory requirements and high node
evaluation time38. In the other hand, DFS selects a node with maximum depth. This strategy tends to find good
lower bounds quickly since the good feasible solutions are typically found deep in the search tree. DFS also
requires less memory and results in lower node evaluation times than BB. However DFS may evaluate many
nodes that would have been pruned had a better lower bound found earlier.38 When combined (is quite
common), DFS is applied as the overall principle for search, and BB is used when choice is to be made between
nodes at the same level of the tree.39
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2.5. Results and analysis
Taking into account the original feed conditions detailed by Nova-Rincon et al.14 (100 kmol/h of azeotropic
mixture and 52 kmol/h of glycerol; simplified as [52G] for further reading) the design of the diabatic distillation
column is computed for the aforementioned objective functions. Furthermore, the MINLP problem with the two
objectives was used in order to determine the optimal design and operation for the feed conditions for the
optimal control of the extractive distillation for the production of fuel grade ethanol presented by Ramos et al.40
(100 kmol/h of azeotropic mixture and 35 kmol/h of glycerol are fed; simplified as [35G] for further reading).
This is made to analyze the influence of the entrainer molar flow in the column design, as well as in the exergy
losses of the system which are related to its impact and sustainability41,42.
Initialization is an essential part for the successful algorithms for distillation columns design16,17, due to the
limitations of discrete formulations related with its dependency on proper initialization and bounding of the
problem43. Therefore, initial values for both cases 52G and 35G were achieved as feasible solutions for the
proposed MINLP cases.
Optimal designs, achieved for the proposed glycerol feed streams for the diabatic extractive distillation column,
reported that regardless the glycerol molar flow, the optimization objective and the initial value for its location,
this feed stream is located in the second stage.
Table 2.1. Design variables for economic and economic-exergetic optimization

Design variable
Number of stages
Location for feed
Location for feed

52G
35G
Initial
[P]
[EE]
Initial
[P]
[EE]
values Optimization Optimization values Optimization Optimization
27
18
20
25
29
26
3
2
2
3
2
2
20
12
10
18
19
17

Results for the operating variables of the analyzed systems are reported in Table 2.2.
Table 2.2. Operating variables for economic and economic-exergetic optimizations

Variable
RR
D [kmol/h]
Exergy loss [GJ/h]
Profit [$/year]

52G
Initial
[P]
[EE]
values
Optimization Optimization
0.150
0.007
0.005
85.427
85.411
85.426
3.538
3.384
2.581
14,932,445 14,970,476
14,920,755
5.661
5.314
5.321
3.824
3.477
3.471

35G
Initial
[P]
[EE]
values
Optimization Optimization
0.263
0.211
0.223
85.414
85.425
85.423
2.902
2.874
1.858
14,935,738 14,938,756
14,902,631
5.318
5.231
5.271
4.199
4.112
4.150
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Comparing profit and exergy losses values for the proposed optimizations from Table 2.2 , it can be noticed that
the systems with the best profit also presents the greatest exergy losses. Despite of this, the system with
minimum exergy losses (35G for economic-exergetic objective) presents a reduction of only 0.45% on its profit
respect to the most profitable (52G for economic objective), but the reduction in exergy losses is 45.09%. It
means that in order to get a small extra-profit, great quantities of energy are being wasted (1.501GJ/h). Besides,
from aforementioned results it can be noticed that the selection of an appropriated entrainer molar flow has a
significant influence in the exergy losses of the system. Similarity in the profit value for both economic and
economic–exergetic optimizations, confirms the validity of the proposed exergetic-economic objective function,
and the proper selection of the
parameter value.
From Table 2.1 and Table 2.2 results, it can be noticed that for a 52kmol/h feed flow of glycerol, achieved
optimal designs present shorter columns with a very small reflux ratio, when are compared with the
optimizations results for 35kmol/h of glycerol for the proposed optimizations. Nevertheless similar values of the
system profit were computed. In order to understand these results, liquid and vapor molar flows and
temperature profiles for the computed optimal designs, were also analyzed (Figure 2.3 to Figure 2.5).
From the depicted profiles in Figure 2.3 to Figure 2.5 it can be noticed that optimizations for the 35G feed, show
lower liquid flows per stage which has also a lower temperature variation from the last stage to the reboiler
than same results for 52G case. Besides, the 35G also has higher vapor flow per stage at a lower temperature
than the 52G case, due to less presence of glycerol in the column. This condition might be the cause of lower
exergy losses for the 35G designs, because more liquid it’s being condensed (resulting in lower total energy
consumption) and the energy introduced in the reboiler is used to boil a lighter entrainer-water mixture.

Liquid molar flow profiles
185

Molar Flow [kmol/hr]

165
145
125
105
85
65
45
0 1 2 3 4 5 6 7 8 9 10 11 12 13 14 15 16 17 18 19 20 21 22 23 24 25 26 27 28 29 30

Stage
52G Economic

52 G Economic-exergetic

35G Economic

35G Economic-exergetic

Figure 2.3. Liquid molar flow profiles for economic and economic-exergetic optimizations

31

Vapor molar flow profiles

Molar Flow [kmol/hr]
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35G Economic

35G Economic-exergetic

Figure 2.4. Vapor molar flow profiles for economic and economic-exergetic optimizations

In spite of small reflux ratios reported for 52G optimizations, apparently when a high amount of entrainer is fed;
it helps to keep the mass transfer in the early stages of the column stages giving a liquid flow leaving the
condenser very similar to the distillate molar flow, due to the relatively low vapor streams flowing upwards in
the early stages of the distillation column. In the case of the 35G designs, the mass transfer in the early stages is
held by a bigger amount of reflux to the distillation column.

Temperature profiles

Molar Flow [kmol/hr]
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35G Economic-exergetic

Figure 2.5. Temperature profiles for economic and economic-exergetic optimizations
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For heat loads at stages, Nova-Rincon et al.14 reported that additional heat flows are required in the surrounding
of both feed streams, for the economic optimization of the diabatic extractive distillation column; nevertheless
when the optimal distribution of heat loads is computed by a simultaneous strategy for operation and design,
the additional heat flows are only necessary at the neighboring of the azeotropic mixture feed stage, as shown
in Table 2.3.
Table 2.3. Heat loads for economic and economic-exergetic designs

Initial values
Heat load

stage

value

18

0.006

19

0.061

20

0.125

52G
[P]
Optimization
stage value

[EE]
Optimization
stage value

Initial values
stage

value

35G
[P]
Optimization
stage value

[EE]
Optimization
stage value

11

0.061

9

0.052

17

0.026

18

0.031

16

0.028

12

0.127

10

0.124

18

0.083

19

0.086

17

0.084

Stage

The exergy term is included to evaluate if a simultaneous strategy for optimal design and operations of diabatic
distillations systems, leads to a lower degradation of energy into the separation system rather than using a
consecutive strategy (inclusion of heat flows on an optimal design).
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Design for objective EE, 52G
Design for objective EE, 35G
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Exergy loss [GJ/h]
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Figure 2.6. Comparison of systems with minimum exergy loss
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Figure 2.6 compares exergy loss profiles for “Economic-Exergetic” objective function for the analyzed systems in
this work and the profile achieved for a minimum exergy loss system achieved by Nova-Rincon et al14 (Base
case), where the he optimal location of heat flows in an optimal distillation column design B, led to a total exergy
loss of 2.574 GJ/h.
When the simultaneous strategy for optimal design and operation of the diabatic extractive distillation system is
used, a similar value of exergy losses is computed for the feed arrangement 52G (increasing of 0.61%) respect to
the base case. When design is calculated for a 35kmol/h molar flow of glycerol (35G), a reduction of 27.8% in
exergy losses respect to the base case is achieved. This fact confirms the close relationship between the molar
flow rate of solvent and the exergy losses of the studied system. Besides, it shows that the solution of
simultaneous optimal design and operation problem leads to a better performance of the diabatic distillation
column, in terms of exergy losses.
From exergy loss profiles in Figure 2.6, it can be noticed that regardless the number stages, and location of
feeds, the major exergy losses are located at the glycerol feed stage and the reboiler for the analyzed cases.
Detailed values are shown in Table 2.4.
Table 2.4. Major exergy loss for analyzed cases

Main Exergy loss reductions [GJ/h]
stage

Base case

52G

35G

Glycerol feed stage
Reboiler

0.804770499
1.044287624

0.85413251
1.04441676

0.051784853
0.788514352

The system which reported major reduction in exergy losses is the distillation column designed for a 35kmo/h
flow of glycerol. The system 35G leads to reductions of 35.09% and 24.49% in exergy losses respect to the base
case for, the glycerol feed stage and the reboiler respectively.
The main objective of the present work, based on the results of the first approach made by Nova-Rincon et al.14
is to evaluate, the way diabatic operation can be implemented into extractive distillation in order to minimize
the exergy losses of the system due it low thermodynamic efficiency.
Table 2.5 summarizes the reduction of the exergy losses of the extractive distillation column for the production
of fuel grade ethanol, from the adiabatic distillation system achieved by Garcia-Herreros et al.40 (Adiabatic case),
then by the inclusion of diabatic operation made by Nova-Rincon et al. 14 (Base case) and ending with the
optimal design taking into account two different molar feed flows of entrainer of the present work.

B

The extractive distillation column has a total of 19 stages distributed in 17 equilibrium stages, a total condenser and a
partial reboiler . The column is fed with 52 kmol/h of glycerol on stage 3 at 305k and with 100 kmol/h of azeotropic mixture
(ethanol: 85%mol) on stage 12 at 351K (saturation temperature), both streams at atmospheric pressure.
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Table 2.5. Evolution of exergy loss for the extractive distillation column

Total exergy losses
Adiabatic case

Base case

52G

35G

4.396

2.574

2.589

1.858

The overall reduction of the exergy losses, from the adiabatic case to the optimal diabatic design for 35G reports
a value of 57.73%, showing that the implementation of diabatic operation into the design of a distillation system
(extractive distillation for the present study) leads to an improvement of the thermodynamic efficiency of
multicomponent separation system, as stayed for several authors for binary distillation systems3,5,7–9,12
The fact that the change of the molar flow of entrainer leads to the minimum exergy losses for the studied
system supports the statement of the significance of the selection of a proper molar flow of entrainer, in order
to get a better performance of the system in terms of thermodynamic efficiency (less exergy losses). It can be
achieved by including the molar feed flow of entrainer as a variable of the optimization problem.

2.6. Conclusions
This work is the first which presents a complete formulation and solution for the optimal design and operation
for a diabatic distillation system taking into account a multicomponent mixture (Glycerol, and ethanol-water
azeotropic mixture), using an MINLP model. The proposed model includes binary variables related to reflux and
feeds locations, and an MPCC formulation to model the vapor liquid equilibrium in the separation stages.
Optimal design was computed taking into account both, economic and economic-exergetic objective functions
as well as different glycerol molar feed flows. Initial values based on feasible solutions for the MINLP problem
were used for all the mentioned optimizations.
For the proposed objectives and arrangements of feed flows, it was found that heat loads along the length of
the column are only necessary in the surroundings of the azeotropic mixture feed stage. Aforementioned results
differ significantly from the computed ones for optimal operation achieved using a consecutive strategy, where
the heat flows were imposed into an optimal design previously computed.
The computed most profitable distillation column also represents the system with the biggest value of exergy
losses, it was achieved using the original molar feed flows described by Nova-Rincon et al.14 taking into account
the economic objective function. The system with minimum exergy losses was computed using a lower feed flow
of glycerol (35kmol/h) taking into account the “economic-exergetic” objective function, and its profit value is
very close to the biggest one.
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2.7. Perspectives
Presented results show that the molar feed flow of solvent has a major influence in the design of a diabatic
extractive distillation system the with minimum exergy losses. Therefore it is important to research the optimal
value of the solvent molar flow.
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